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a b s t r a c t

The goal of this paper was to create a non-equilibrium model of a reactive distillation column with very
fast homogeneous reaction in the liquid phase. When very fast homogeneous reactions proceed in the
liquid film and in the bulk liquid phase, a reaction—diffusion model based on the Fick’s equation can be
ccepted 3 March 2009
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used. Within each iteration of the bulk MESH equations solution, the boundary value problem (reaction
and diffusion in the liquid film) had to be solved using automatically adjusted discretization grid for the
spatial derivatives discretization. The algorithm proved to be a robust tool for modeling both reactive
distillation and absorption, mainly in case of the column performance optimization or in safety analysis,
when numerical stability of the solution and algorithm robustness are required not to fail when the

erfor
ast reaction
daptive grid

column parameters and p

. Introduction

The combination of a distillation unit with chemical reaction
reactive distillation, RD) brings several benefits such as a decrease
n capital investments and energetic demands, reduction of the cat-
lyst amount, increase of conversion and decrease of side product
ormation, etc. In the last two decades, the amount of RD units
uilt and run industrially has significantly increased, mainly for
rocesses like esterification, etherification, and alkylation [1]. How-
ver, integration of reaction and separation into one unit brings
lso several problems in the design of the unit scale and optimal
perational conditions.

European directive 96/82/EC and related national acts of EU
ountries on the control of major industrial accidents require a
etailed safety analysis of all designed and projected industrial
nits. In case that projectors and designers have just projected a

imilar unit of the same size and production capacity and have
trong feedback from its industrial installation and performance,
uch analysis can be done using a comparative method using prac-
ical experience and data. In case of a brand-new unit, appropriate

Abbreviations: BC, boundary condition; BVP, boundary value problem; CSTR,
ontinuous stirred tank reactor; EQ, equilibrium; HAZOP, HAZard and OPerability
tudy; IMSL, International Mathematics and Statistics Library; MESH, Material bal-
nce, Equilibrium, Summation and entHalpy balance equations; MS, Maxwell–Stefan
pproach; NAE, non-linear algebraic equations; NEQ, non-equilibrium; ODE, ordi-
ary differential equations; RD, reactive distillation.
∗ Corresponding author. Tel.: +421 2 59325 259.

E-mail address: jozef.markos@stuba.sk (J. Markoš).
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mance conditions are changed in a wide range.
© 2009 Elsevier B.V. All rights reserved.

mathematical model is a useful tool for such analysis [2,3], usually
linked with some methodology commonly used for safety analysis
(e.g. HAZOP, [4–7]). The mathematical model used for the descrip-
tion of unit behavior must:

- simulate behavior of the analyzed unit in different regimes of its
performance as precisely as possible,

- all parameters needed for the model should be estimated from
an independent experiment (kinetic parameters) or empirical or
semi empirical correlations (mass-transfer coefficients),

- include a robust algorithm for model equations (usually system
of strongly non-linear differential and algebraic equations) solu-
tion which cannot fail even if higher deviations from the normal
operation point are generated.

The latter is the goal of this paper.
To develop an exact mathematical model able to describe

all important phenomena occurring in an RD unit (reaction
equilibrium, reaction kinetics, multicomponent phase equilibria,
multicomponent mass and heat transfer, etc.) and their cross inter-
actions connected with unit hardware (scale, construction details,
packing, vapor and liquid distribution along the unit, etc.) is almost
impossible. Two main approaches can be used in the mathematical
model development. Equilibrium models assume thermodynamic

equilibrium between liquid and vapor leaving the RD column’s
tray. Non-equilibrium models involving the film theory assume that
phase equilibrium occurs only on the vapor–liquid interface. Mass
and heat transfer resistance is then located predominantly in the
thin films on both sides of the interface. Several different mod-

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:jozef.markos@stuba.sk
dx.doi.org/10.1016/j.cej.2009.03.006
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Nomenclature

List of symbols
av specific interfacial area (m2 m−3)
c molar concentration (mol m−3)
Dl effective liquid diffusion coefficient (m2 s−1)
dc column diameter (m)
e index of tray
EA reaction activation energy (J mol−1)
ETL number of the tray where the liquid feed enters
ETG number of the tray where the gaseous feed enters
Ḟ feed molar flow (mol s−1)
Ha Hatta number
h molar enthalpy of a stream (J mol−1)
hliquid liquid level on a tray (m)
�RH reaction enthalpy (J mol−1)
kG mass-transfer coefficient in gas phase

(mol s kg−1 m−1)
kl mass-transfer coefficient in liquid phase (m s−1)
kV reaction rate constant
kV∞ pre-exponential factor
L̇ molar flow of the liquid (mol s−1)
Ṅ specific molar flow (mol m−2 s−1)
NET number of trays in the column
NI number of components
NR number of reactions
P◦ pure component saturated vapors’ pressure (Pa)
Pi partial pressure of the i-th component (Pa)
Ptotal total pressure in the system (Pa)
Q̇R reaction heat (J s−1)
Q̇d heat input (J s−1)
R reflux ratio
T temperature (K)
V̇ gas molar flow (mol s−1)
VR reaction mixture volume on a tray (m3)
x liquid molar fraction
y gas molar fraction
z distance in the film (m)

Greek symbols
� activity coefficient
ı film thickness (m)
� stoichiometric coefficient
�̇V reaction rate (mol m−3 s−1)

Superscripts
* interface
◦ pure component
G gas phase
L liquid phase
T actual temperature

Subscripts
cond condenser
D distillate
e index of tray
f liquid film
F feed
i index of component
j index of reaction
l liquid phase
L liquid stream
LD liquid reflux stream
V vapor stream
z position in the liquid film
Journal 150 (2009) 252–260 253

els, according to the assumptions and simplifications applied were
developed [8]. Practically all papers dealing with RD are focused on
heterogeneously catalyzed reactions ([9–15], etc.). A specific case
of RD represents reactions proceeding homogeneously in the liq-
uid phase; e.g., esterification catalyzed by mineral acids [16], or
consecutive reactions like epoxidation [17–19].

Description of multicomponent mass-transfer through the liq-
uid film can be carried out by various models. Taylor and Krishna
[8] and Krishna and Wesselingh [20] strongly advised the use of the
Maxwell–Stefan approach (MS). There is a lot of papers dealing with
heterogeneously catalyzed RD (e.g., no reaction in the liquid film),
and only a few papers considering homogeneous RD [21] using
the MS approach. Another possibility of describing mass-transfer
accompanied by chemical reaction is the use of a simplified form
of the multicomponent Fick’s law. This approach is used to model
G/L reactors or reactive absorption [22,23]. Frank et al. [24] ana-
lyzed mass-transfer with reversible chemical reaction in liquid film
using both the MS approach and the simplified Fick’s law. They ana-
lyzed only a film with fixed boundary conditions assumed for all
reactants. According to their analysis, the MS approach provides
more exact results than the simplified Fick’s law, especially when
strong concentration non-idealities occur in the liquid phase. On
the other hand, the authors claim numerical problems accompa-
nying fast reaction. Kenig et al. [25] utilized the analytical solution
of the mass-transfer-and-reaction problem; however, linearization
of the reaction source term is necessary. The use of the general-
ized multicomponent Fick’s law is much simpler and it requires
fewer parameters. For very fast chemical reactions, the concentra-
tion profile of a component along the liquid film can be very steep
[22] and appropriate discretization along the film coordinate has
to be applied to solve the governing equations numerically. The
adaptive computational grid is time-saving, reducing the overall
number of equations and providing higher robustness of the solu-
tion, especially in case of strong interaction between the reaction
and mass-transfer occurring in the liquid film. All these facts point
to the solution algorithm robustness if very fast chemical reactions
proceed. Stability of the solution is important in the simulation of
an RD column in which the mass-transfer and chemical reaction
rates are significantly changing from one tray to another, especially
during the design calculations, when no information on the tem-
perature and concentration profiles are available and the hardware
parameters are unknown.

This paper represents a continuity with a previous one concern-
ing reaction in a CSTR [26]. Non-equilibrium steady state model
of an RD column with very fast homogeneous reversible reaction
proceeding in the liquid phase is presented, with the simplified
multicomponent Fick’s law describing the mass-transfer and chem-
ical reaction at the V–L interface. Such reaction systems appear in
alkylations or epoxidations [17–19]. In the paper, the presented
algorithm for model equations solution allows simulation of the
RD column even with fast chemical reactions. This can be useful
mainly in case of the column performance optimization or in safety
analysis, when stability and robustness of the solution are required
not to fail when the column parameters and performance condi-
tions are changed in a wide range. Such situation can arise when
HAZOP analysis is accomplished using a mathematical model to find
consequences of deviations from normal operation point generated
by HAZOP [7]. In such cases, the lower accuracy of the simplified
Fick’s law compared to the MS approach is overcome. As Levenspiel
wrote, a $10 model is sufficient [27].

To test the proposed algorithm, it was necessary to choose the

physical and chemical properties of the vapor and liquid phases
(densities, molar heat capacities, heats of vaporization, etc.) and to
describe the vapor–liquid equilibrium. For this purpose, the model
mixture consisting of four real components (ethanol, water, acetic
acid, and ethyl acetate) was chosen. The goal was not the simulation
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Fig. 1. Scheme of a reactive-distillation column.

nd design of a real esterification process, therefore, the kinetic data
sed are not real.

. Mathematical model

Mathematical model of an RD column (unit schematically drawn
n Fig. 1), presented in the following text, is valid under the following
ssumptions:

two-film theory,
perfect mixing of the bulk phases,
mass and heat transfer resistance located only in the films,
simplified multicomponent Fick’s law,
ideal behavior of the gas phase and non-ideal behavior of the
liquid phase,
reaction taking place only in the liquid phase (both liquid film and
bulk liquid),
reboiler and condenser modeled as equilibrium,
equilibrium between the gas and liquid phase at the V–L interface,
constant overall pressure in the system,
steady state,
both phases having the same temperature.
. Film model equations

Comparison of simplified approach using the Fick’s law
ith effective diffusion coefficients applying the Maxwell–Stefan

pproach was discussed in the paper by Frank et al. [24]. Their
Fig. 2. Model conception of non-equilibrium reactive stage.

assumptions were

- ideal liquid and gaseous phase and
- fixed boundary conditions with zero concentration of gaseous

reactant in bulk liquid and non-volatile liquid reactant, product
and solvent.

Their conclusions are

- MS describes film behavior (e.g., concentration and flux profiles
in the liquid film) more precisely than the Fick’s law with effective
diffusion coefficient and

- there could be some numerical problems solving the model equa-
tions, especially for fast chemical reactions.

However, solution of the film model equations using the MS
approach with chemical reaction in the liquid film was consid-
ered. For very slow reactions, the production/consumption rates of
components involved in the chemical reaction in liquid film were
negligible with respect to bulk liquid rates and therefore the film
reaction can be neglected and the liquid film can be treated with-
out chemical reaction (very slow and slow regimes according to
the analysis of Doraiswamy and Sharma [28]). For fast and very
fast chemical reactions, some problems with the numerical solu-
tion using MS (and especially when assuming non-idealities in the
liquid phase) were observed. This was the reason for using the sim-
plified approach given by the Fick’s law with effective diffusion
coefficients.

Applying the assumptions mentioned in Section 2, the
reaction–diffusion equation describing the reaction and diffusion
processes in the liquid film for the i-th component in the mixture
on the e-th tray (Fig. 2) could be written in the form:

Dl,i

(
d2cf,i

dz2

)
= −

NR∑
j=1

�i,j�̇V,z,j (1)

where Dl,j is the diffusion coefficient of species i in the liquid phase,
cf,i is the concentration of species i in the liquid film, z is the distance
in the liquid film, �i,j the stoichiometric coefficient of species i in the

reaction j and �̇V,z,j stands for the reaction rate of reaction j in the
distance z from the interface, with boundary conditions (BCs):
z = 0, cf,i = c∗
f,i

z = ı, cf,i = cl,i
(2)

Solution of Eq. (1) with BCs (2) gives concentration profiles of all
components in the liquid film, and of the governing mass fluxes
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cross the V–L interface (3) and from the liquid film to bulk liquid
4). These fluxes are necessary for completing the material balances
n the bulk phases:

Ṅi)z=0 = −Dl,i

(
dcf,i

dz

)
z=0

= kG,i(�iP
◦
i x∗

f,i − Pi) (3)

Ṅi)z=ı = −Dl,i

(
dcf,i

dz

)
z=ı

(4)

here Ṅi is the molar flux of component i, kG,i the mass-transfer
oefficient in the gas phase, � i the activity coefficient of species i,
◦
i

the saturated vapors’ pressure of pure component i, x∗
f,i

is the
olar fraction of component i in the liquid film at the interface and

i is the partial pressure of component i in the gas phase.

. Column model

Material balances of the i-th component on the e-th tray can be
ritten as follows:

in bulk liquid:

ḞL
e xL

i,e,F + L̇e−1xi,e−1 + VR,e

NR∑
j=1

�i,j�̇V,j,e + VR,ea�(Ṅi)z=ı − L̇exi,e = 0

(5)

where ḞL
e is the molar flow of the liquid feed on the e-th tray, xL

i,e,F
is the component i molar fraction in the liquid feed entering the
e-th tray, L̇e the molar flow of the liquid leaving the e-th tray, VR,e

the volume of the liquid holdup on tray e, �̇V,j,e stands for the
reaction rate of reaction j and av is the specific interface area.
in bulk gas:

ḞG
e yG

i,e,F + V̇e+1yi,e+1 − VR,ea�(Ṅi)z=0 − V̇eyi,e = 0 (6)

where ḞG
e is the gaseous feed molar flow entering tray e, yG

i,e,F
is

the component i molar fraction in the gaseous feed entering tray
e, and V̇e the molar flow of the vapor leaving the e-th tray.

ray enthalpy balance (assumption of equal temperature of all
hases and film, reference state for enthalpy calculation is pure
omponent in the liquid phase at the reference temperature
273.15 K)):

˙ G
e hG

F,e + ḞL
e hL

F,e + Q̇R,e + Q̇d,e + V̇e+1hV,e+1

+ L̇e−1hL,e−1 − V̇ehV,e − L̇ehL,e = 0 (7)

ith hG
F,e standing for the enthalpy of the gaseous feed entering

ray e, hL
F,e for the enthalpy of the liquid feed entering tray e, Q̇R,e

or the heat generated by chemical reactions of tray e, Q̇d,e for the
eat delivered to tray e, hV,e for the enthalpy of the gaseous stream

eaving tray e and hL,e for the enthalpy of the liquid stream leaving
ray e.

Heat generated by chemical reactions on the tray (the first term
epresents the heat generation in liquid bulk and the second the
eat generation in the liquid film) is defined:

NR∑ NR∑∫ ı
˙ R,e=VR,e

j=1

(−�RHj)�̇V,j,e+VR,ea�,e

j=1 0

(−�RHj)�̇V,z,j,edz (8)

here −�RHj are the enthalpy of reaction j and �̇V,z,j,e are the rate
f reaction j in distance z from the interface on tray e.
Journal 150 (2009) 252–260 255

Vapor–liquid equilibrium at the interface (i-th component, e-th
tray) is:

Ptotaly
∗
i,e = P

◦
i,ex∗

i,e�i,e (9)

with Ptotal being the overall pressure, y∗
i,e

the species i molar fraction
in the gas phase at the interface, and the summation equations are:

NI∑
i=1

xi,e = 1 (10)

NI∑
i=1

yi,e = 1 (11)

NI∑
i=1

x∗
i,e = 1 (12)

4.1. Total condenser mathematical model

The condenser was considered to be in equilibrium state, assum-
ing a perfect contact between the phases. If the reflux ratio is
defined as

R = L̇LD

L̇D

(13)

R is the reflux ratio, L̇LD the molar flow of the liquid reflux stream
and L̇D the molar flow of the liquid distillate stream.

Then, material balance of the i-th component is in the form:

V̇yi = L̇D(R+ 1)xD,i (14)

while

yi = xD,i (15)

and finally, the condenser enthalpy balance is:

V̇hV − Q̇cond − L̇D(R+ 1)hLD = 0 (16)

with Q̇cond being the heat removed in condenser and hLD the
enthalpy of the liquid reflux stream.

4.2. Reboiler mathematical model

The reboiler was modeled in equilibrium state since all entering
components were in the liquid phase. Material balance of the i-th
component in the reboiler:

L̇Nxi,N + VR,N+1

NR∑
j=1

�i,j�̇V,j − V̇N+1yi,N+1 − L̇N+1xi,N+1 = 0 (17)

Enthalpy balance is expressed by Eq. (7) and the equilibrium Eq. (9),
both with the tray number e substituted with N.

5. Solution algorithm

The mathematical model presented above consists of two sub-
systems:

• Ordinary second-order differential equations (1) describing reac-
tion and diffusion in the liquid film with boundary conditions
defined in two points (liquid film boundaries)—BVP problem.
• System of non-linear algebraic equations (NAE) comprising
enthalpy balances (7) and all components’ material balances in
bulk liquid (5) and vapor/gas phase (6), summation equations
(10)–(12), thermodynamic equilibrium (9) and condenser model
(14)–(16).
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Fig. 4. Block diagram of the algorithm.

Table 1
Column characteristics.

Specific interface area av (m2 m−3) 240
Column diameter dc (m) 0.6
Number of trays NET 20
Position of the liquid feed ETL 5
Position of the gaseous feed ETG 15
Height of the liquid on a tray hliquid (m) 0.05
Fig. 3. Mathematical model solution structure using film model.

he proposed algorithm was built in the FORTRAN programming
anguage using the Compaq Visual Fortran Developer Studio. The

hole integral system of NAE could be solved by an appropriate
olver. In this case, the algorithm proposed by Ferraris and Tron-
oni [29] was used. Values of calculated variables were estimated
nly once (at the computation start, usually values from the EQ
odel). Inside each iteration of the NAE solution on each tray, a

ystem of ODE (BVP) had to be solved using actual bulk concen-
rations as BCs, providing mass fluxes at the vapor–liquid interface
nd liquid film–bulk liquid interface which are necessary for the
ompletion and solution of material balances in bulk phases. This
lgorithm is schematically depicted in Fig. 3. Concentration profile
n the film was estimated to be linear with the actual concentra-
ion in bulk liquid and V–L interface being the boundary values (see
lock diagram—Fig. 4).

For very fast chemical reactions, the concentration profile of a
omponent along the liquid film can be very steep [22] and appro-
riate discretization along the film coordinate has to be applied
o calculate the space derivations of the dependent variables (con-
entrations) numerically. For this reason, the algorithm proposed by
ereyra [30] and implemented in the IMSL Math library as well as in
he Compaq Visual Fortran Developer Studio (the DBVPFD routine)
as chosen. This algorithm automatically generates a non-uniform

alculation grid for the space variable. This leads to avoiding numer-
cal problems accompanying very fast chemical reactions between
eactants entering the liquid film from the vapor phase with reac-
ants present in the liquid phase.

. Case study

The presented mathematical model and the proposed solution
lgorithm were tested using the following reaction system:

+ B → R + S (R1)

+ S → A + B (R2)

ith corresponding reaction rates:

˙
V1 = kV1cAcB (18)

nd

˙
V2 = kV2cRcS (19)

roceeding in a bubble-cap tray column, characteristics of which
number of trays, reflux ratio, reboiler heat duty, etc.) are briefly
escribed in Table 1.

Only physical and chemical properties were modeled as for the
ystem of acetic acid esterification with ethanol (A = acetic acid,

= ethanol, R = ethyl acetate, and S = water) and they were taken

rom the HYSYS database and Reid et al. [31]. To calculate activity
oefficients in the liquid phase, the WILSON equation was chosen.
inetic parameters were varied in the simulations to show the effect
f very fast reaction rates on the column behavior and they are not

Overall pressure in the column Ptotal (Pa) 101,325
Heat delivered into the reboiler Q̇d (J s−1) 1.25 × 105

Reflux ratio R 5
Condenser temperature Tcond (K) 330.5
Volume of the liquid in the reboiler Vreboiler (m3) 1
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Table 2
Selected kinetic parameters.

Number of components in the system NI 4
Number of reactions in the system NR 2
Reaction enthalpy �RH1 (J mol−1) −4000
Reaction enthalpy �RH2 (J mol−1) 4000
Activation energy EA1 (J mol−1) 5000
Activation energy EA2 (J mol−1) 5000
Frequency (pre-exponential) factor kV∞1 (m3 mol−1 s−1) 5.28 × 10−8–5.28 × 10−2

Frequency (pre-exponential) factor kV∞2 (m3 mol−1 s−1) 1.35 × 10−8

Table 3
Parameters of feeds.

T (K) Phase Ḟ (mol s−1) xA xB xR xS

1
2

r
d
(

c
f
a
p
o
a
t
E
e
f
n
[

7

t
p
d

H

w
n
r
t
r
c
L
c
h
r

m
c
e
t
t

s

t
m

concentration (e.g., concentration in the feed stream) of the key
component and the reaction rate is evaluated under this stan-
dardized condition. In the presented paper, the Hatta number was
evaluated on each tray respecting the actual conditions (tempera-
ture and concentrations of all components in the bulk liquid phase).
330.15 Liquid 1.1 0.98 – – 0.02
352.15 Gaseous 1.1 – 0.98 – 0.02

elated with any real esterification process. Temperature depen-
ence of the reaction rate was defined by the Arrhenius equation
see Table 2).

In all simulations, the pre-exponential factor of reaction (R2) was
onstant. The pre-exponential factor of reaction (R1) was varied
rom 5.28 × 10−8 to 5.28 × 10−2 (m3 mol−1 s−1). Feed parameters
re summarized in Table 3. Component B was fed in the gaseous
hase in order to achieve intensive counter-current mass-transfer
f reactants in the liquid film. Values of the specific interface area
nd mass-transfer coefficients were calculated from the correla-
ions for bubble-cap tray column as published by Trambouze and
uzen [32]. Values of the liquid and vapor film thicknesses were
stimated in accordance with Taylor and Krishna [33] (0.01–0.1 mm
or the liquid film and 0.1–1 mm for the gaseous film). Multicompo-
ent Wilke-Chang (liquid phase) and Fuller (gas phase) equations
31] were used to calculate the diffusion coefficients.

. Results and discussion

To investigate the influence of parallel multicomponent mass-
ransfer and very fast homogeneous chemical reaction in the liquid
hase on the RD column behavior, the Hatta number was used
efined as

a2
e = �̇V1,eDl,B

k2
l,B

cB,e
(20)

here kl is the liquid-side mass-transfer coefficient. The Hatta
umber, defined by Eq. (20) was used only as an indicator of the
eaction–diffusion conditions in the liquid film on current stage of
he column. The Hatta number was evaluated on each tray with
espect to the actual conditions (temperature, liquid mass-transfer
oefficients and bulk liquid concentration of reactants A and B).
ow Hatta number values indicate that a reaction–diffusion pro-
ess in the liquid film is kinetically controlled; on the other hand,
igh values of the Hatta number indicate the diffusion to be the
ate-controlling step.

Before proceeding with the reaction rate increase, the proposed
odel and algorithm were compared with the EQ model. The

omparison was performed under the conditions of the lowest pre-
xponential factor of reaction (R1). Temperature profiles (Fig. 5) in
he column calculated by both models were very similar as well as
he concentration profiles (Fig. 6).

Thus, the EQ model approach is sufficient and exact enough to

imulate the processes of an RD with lower reaction rates.

After increasing the chemical reaction rates, application of the
wo-film theory brings significantly different results as the EQ

odel. This can be seen in Figs. 7 and 8.
Fig. 5. Algorithm comparison with EQ—temperature profiles at the lowest pre-
exponential factor (kV1∞ = 5.28 × 10−8 m3 mol−1 s−1).

Different concentration profile predictions can play an impor-
tant role in designing the devices for reactive separations. Different
models predict also different temperature profiles in the column,
which can be seen in Fig. 9. Especially on tray 15 (gaseous feed),
where the temperature predicted by the NEQ model is lower than
that predicted by the EQ model. This is a result of the near zero
concentration of the high-boiling component A and the still low
concentration of product S.

Usually, the Hatta number is calculated at a “standardized”
Fig. 6. Molar fractions in the bulk liquid at the lowest pre-exponential factor
(kV1∞ = 5.28 × 10−8 m3 mol−1 s−1).
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Fig. 7. Molar fractions in the bulk liquid at the highest pre-exponential factor
(kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).

Fig. 8. Molar fractions in the bulk gas phase at the highest pre-exponential factor
(kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).

Fig. 9. Temperature profiles in the column at the highest pre-exponential factor
(kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).
Fig. 10. Hatta number values at the highest pre-exponential factor
(kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).

This can result in even higher values (Fig. 10) of the Hatta number. It
can be seen from the figure that mass-transfer coupled with chem-
ical reaction is very distinctive in the section between the reactants
feeds. In the regime of low reaction rates (below the lower feed
tray), values of the modified Hatta number were around 2.

To simulate higher mass-transfer resistance, the value of liquid
film thickness was increased to the highest recommended value
according to Taylor and Krishna [33]. In this case, the investigation
of mass-transfer and reaction in the liquid film became more impor-
tant. The number of discretization points in the film increased again
in the space between the feed trays (Fig. 11). If the Maxwell–Stefan
approach is used to model a reaction and diffusion, the film is usu-
ally divided into a uniformly discretized grid. Even if this grid is
dense enough to obtain final results, it can be insufficient in the
process of iteration (as reported by [24]). The next shortcoming of
such an approach dwells in the number of equations. Number of
the discretization points is usually set to a certain value even on
the stages where it is not necessary.

The applied algorithm for solving the reaction–diffusion equa-
tions uses non-uniform discretization of the computational grid.

This leads to a denser grid where needed (both in the film and along
the column) and sparse on the trays without strong chemical reac-
tion influence in the film (Fig. 11). The starting number of the grid
points was 15. The above mentioned non-uniform discretization is

Fig. 11. Number of final discretization points in the liquid film
(kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).
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ig. 12. Concentration profiles of the reactants in the liquid film on the 14th tray
kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).

ery effective (sparse computational grid in the region with linear
oncentration profile, dense in the areas with curved profile), as can
e seen from Figs. 12 and 13.

In these figures, the concentration profiles in the liquid film on
ray 14 are depicted. Due to the high reaction rate, the concentra-
ion profile of component B (fed in gaseous phase) is quite steep
Fig. 12). If the reactant was a permanent gas, the profile would be
ven steeper. But the reactant is present also in the bulk liquid, so
he driving force is smaller. The grid density is low in the area where
he concentration profiles are flat and higher where the reaction
nd diffusion process gets more intensive. The concentration profile
f product R reaches a peak (Fig. 13). Since the respective reactants
nter from the opposite sides of the film and diffuse against each
ther, the highest rate of production occurs in the place with the
ighest reactant concentration conjunction. Variable density of the
omputational grid in the liquid film leads to better stability of the
olution, which is important in the case of the RD column design
hen the column and process parameters vary, and for the safety

nalysis of the RD column simulating drastic changes of the process
arameters due to different technological problems.
The overall mass-transfer driving forces in the column can be
een in Fig. 14. The points represent the difference of concentra-
ions on the boundaries of the liquid film. Positive values represent
he driving forces of mass-transfer from the gaseous phase to the
iquid film and vice versa. The most significant driving force is on the

ig. 13. Concentration profile of the product in the liquid film on the 14th tray
kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).
Fig. 14. Overall mass-transfer driving force across the liquid film
(kV1∞ = 5.28 × 10−2 m3 mol−1 s−1).

feed trays. Numerically, the values are relatively small because of
the already mentioned presence of the reactant in the bulk liquid.
The picture is only illustrative and general as the overall driving
force does not respect the case of mass-transfer in both direc-
tions. It can be seen from Fig. 13 that the product passes to both
the gaseous phase and the bulk liquid due to the concentration
gradients.

8. Conclusion

A steady-state simulation of the reactive distillation column
with fast homogeneous chemical reaction in the liquid phase is
presented in this paper. The non-equilibrium approach was cho-
sen and the results were compared to those from the equilibrium
model. The system is created by four components taking part in a
homogeneously catalyzed reverse chemical reaction which is fast
in the direct way. Chemical and physical data were modelled as for a
system of acetic acid esterification with ethanol. Mass-transfer data
were calculated from the empirical equations for a bubble-cap tray
column. The reboiler and the condenser were modeled as equilib-
rium. Mass-transfer and reaction in the liquid film were described
by the reaction–diffusion equation derived from the simplified mul-
ticomponent Fick’s law.

Mathematical model of the column is formed of a system of
non-linear algebraic equations and second-order ordinary differ-
ential equations with boundary conditions given at two points. The
solution algorithm is based on a two-cycle loop, where the BVP
problem is solved inside each iteration of the outer cycle. A solver
using non-uniform discretization of the computational grid of the
space variable was used to solve the BVP.

The developed algorithm was first tested considering the con-
ditions with low reaction rate, thin liquid film and the results were
compared to those of the EQ model. A good agreement can be
stated. In the next step, the reaction rate was increased to simu-
late a regime limited by the diffusion in the liquid film. In order to
simulate bad hydrodynamic conditions, thickness of the liquid film
was increased.
To conclude, a mathematical model is presented along with
the proper solvers, the algorithm is robust and simpler than the
one using the Maxwell–Stefan approach. Thus, a model with less
parameters was obtained. Of course, the proposed algorithm can be
used to model reactive absorption processes without any significant
modification of the program.
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